for the mixture of 2,2, propoxy] -1-propanol was determined using the cloud point method. The measured data was used to estimate the binary interaction parameters of NRTL thermodynamic model, through non-linear regression using MATLAB® software. The binary interaction parameters resulting from regression were used further in a chemical simulation software (PRO/II 9.3) to determine the LLE for the studied mixture. The LLE calculation results obtained with the NRTL model were compared with the results of LLE calculations using the predictive thermodynamic model-UNIFAC. It was determined that the results of the calculation of the LLE using binary interaction parameters obtained through regression have a smaller deviation from the experimental data than the results of the calculation performed using the UNIFAC model. Moreover, the binary interaction parameters obtained from regression were utilized for the estimation of the solvency properties of tripropylene glycol considering the extraction of C8 aromatics from a mixture containing 2,2,4-trimethyl pentane, ethylbenzene and xylenes.
Aromatic hydrocarbon extraction from petroleum products is still a challenging and high-interest topic for the industry with special regard to the produced economic value and environmental protection. Current environmental protection standards regarding the aromatic content of petroleum products used as fuels are strict. Liquid-liquid extraction can be successfully used to produce aromatics from petrochemical products. Considering these issues, the researchers are testing new solvents which can be used in the separation of aromatics through liquid-liquid extraction processes and are proposing new processes for aromatic hydrocarbons separation from petroleum products.
In the literature there are many studies reporting equilibrium data between aromatic hydrocarbons and different solvents as sulfolane [1] [2] [3] , N-methyl pyrrolidinone [4] , ethylene glycols [3, [5] [6] [7] and more recently, different ionic liquids [8, 9] . Propylene glycols are part of a less studied category, but with a great potential to be used for the aromatic hydrocarbon extraction. The possibility of using propylene glycols as solvents is studied by a research group from our university. 1,2-propylene glycol was the first solvent studied [10] , and the research continued with dipropylene glycol [11] [12] [13] and with tripropylene glycol [14] . But propylene glycols application as solvents is not limited to aromatics extraction, they can be used for gas dehydration [15] or alcohols extraction as mentioned by Bumbac and Dumitrescu [16] .
The testing of the newly proposed solvents includes the determination of the phase equilibrium in the systems solvent + nonaromatic hydrocarbons and solvent + aromatic hydrocarbons, mathematical modelling of the experimental data with a suitable thermodynamic model and the utilization of the complete thermodynamic model for the calculation of the solvent properties as capacity (solvation power) and selectivity. This paper brings into attention experimental data of liquid-liquid equilibrium for the binary system 2,2,4-trimethylpentane (isooctane) + 2-[2-(2-Hydroxypropoxy) propoxy] -1-propanol (tripropylene glycol -TPG) as well as information on experimental data processing by regression with NRTL thermodynamic model. In the previous lab experiments, it was observed that inferior aromatic hydrocarbons (benzene, toluene, ethylbenzene, xylenes) are totally miscible with TPG, and as consequence, the vapor-liquid equilibrium data for the binary systems formed by aromatics mentioned above and the solvent TPG was determined and are presented in a separate article, which is dedicated exclusively to modelling the vapor-liquid equilibrium data [14] .
The liquid-liquid equilibrium is calculated through a variety of thermodynamic models. A review of these models provided the following aspects: *email: nicolae_marilena@yahoo.com -Non-random two-liquid equation, NRTL, makes use of the local composition concept, while avoiding the Wilson equation's inability to predict liquid-liquid phase separation [17] . The resulting equation has been quite successful in correlating a wide variety of systems. It is useful for strongly non-ideal mixtures and for partially miscible systems. Minimum three parameters are necessary for each binary system.
-Universal quasi-chemical equation, UNIQUAC, was developed based on statistical-mechanical considerations and the lattice-based quasi chemical model of Guggenheim [18] . Local compositions are used in this equation. Local surfacearea fractions are the primary composition variables. Each molecule i is characterized by a volume parameter and a surface-area parameter. The excess Gibbs energy is divided into a combinatorial and a residual part. The combinatorial part depends only on the sizes and shapes of the individual molecules; it contains no binary parameters. The residual part, which accounts for the energetic interactions, has two adjustable binary parameters.
-Universal functional activity coefficient method, UNIFAC, is based on the UNIQUAC model [19, 20] . The UNIFAC method estimates activity coefficients based on the group contribution concept following the Analytical Solution of Groups. Interactions between two molecules are assumed to be a function of group-group interactions. Group-group interaction data are obtained from reduction of experimental data for binary component pairs.
-Lyngby modified UNIFAC, UFT1, displays the binary interaction parameter of the UNIFAC model into threeparameter, by using temperature dependent form [21] .
-Dortmund modified UNIFAC, UFT2, is similarly with UFT1, but this method uses a Taylor series for calculate the adjustable parameters [22] .
-Modified UNIFAC method, UFT3, is similarly with UFT1, but the adjustable parameters are calculated using a linear temperature function [23, 24] .
In some cases, the thermodynamic models for liquid-liquid equilibrium cannot be applied and used in the simulation software for chemical processes due to the lack of the binary interaction coefficients, or due to the errors introduced by the calculation algorithms of these coefficients. In this situation, one of the possible solutions is based on the use of the experimental liquid-liquid equilibrium data and their processing by using an existing thermodynamic model from the software's library. The coefficients of the thermodynamic model will be determined based on the selected thermodynamic model and using nonlinear regression. The studied mixture, 2,2,4-trimethyl pentane (isooctane) + tripropylene glycol (TPG), is found in this situation.
To solve the problem of the equilibrium calculation for the mixture TPG + isooctane, the authors approached three objectives: a)Liquid-liquid equilibrium experiments for the isooctane mixture -tripropylene glycol; b)Numerical processing of the experimental data using the equations of NRTL thermodynamic model and multiple nonlinear regression; c)The validation of the NRTL model by comparing the experimental equilibrium data with the numerical results obtained with the PRO/II simulator (results obtained with the customized NRTL model, completed with the binary interaction coefficients, calculated at the previous step).
Experimental part
The studied mixture is formed from two components: 2,2,4-trimethyl pentane and tripropylene glycol. In all experimental determination of phase equilibrium, the composition of the binary mixture is expressed in terms of molar fractions of the more volatile compound. For the mixture considered in this work, the more volatile compound is 2,2,4trimethylpentrane (isooctane).
The hydrocarbon -2,2,4-trimethyl pentane (isooctane), was purchased from Merck Chemical GmbH, and was used with no further purification. The solvent used in experimental -TPG, comes from DOW Chemical Company, and was also used with no further purification. The purity of the compounds used in experimental part is presented in Table 1 .
Liquid-liquid equilibrium determination for the TPG with 2,2,4-trimethylpentane was performed at atmospheric pressure, in a glass equilibrium cell (with volume of 100 cm 3 ) to determine the cloud point, the procedure being similar as described by Nicolae and Oprea [11] . The main compound (the component in high quantity in the mixture), previously weighed is introduced in the equilibrium cell, and the other compound is introduced in the cell with a syringe also previously weighed. The adding of the second component begins only when the desired temperature in the equilibrium cell is reached, and continues drop by drop, until the mixture becomes opalescent. After the cloud point apparition, the syringe is weighed again, this way the quantity of the second compound added in the equilibrium cell being determined by difference. This way, adding 2,2,4-trimethyl pentane to main component -TPG, and adding TPG to the main component-2,2,4-trimethyl pentane, each compound becomes, alternatively, the dominant phase in the equilibrium cell, and the mutual solubility curves of the mixture are determined. The procedure is repeated at least three times, to remove the systematic errors. The equilibrium cell was maintained at constant temperature with a Haake bath, and the temperature in the equilibrium cell was measured with Digital thermometer VWR®, LLC, NIST Traceable® (± 0.05% accuracy, 0.001 °C resolution). The equilibrium cell used in experimental is displayed in Figure 1 . . The experiment was performed using the compounds presented in Table 1 . The results are displayed in Table 2 . The complete data referring to liquid -liquid equilibrium determinations are presented in the Supplementary material-LLE data isooctane -TPG. The mutual solubility curves, which are displayed in Figure 2 , were plotted based on these results. 
Calculation
The system from Figure 3 is considered for modelling of liquid-liquid equilibrium through NRTL thermodynamic model. Both phase I and phase II are liquid, multicomponent phases, with distinct compositions. According to the general definition of phase equilibrium, these two phases are in thermodynamic equilibrium when the temperature is the same in both phases, and the composition of each phase is constant. In addition, two liquid phases are in thermodynamic equilibrium when the chemical potential of each component i from phase I is equal with the chemical potential of the same component i in the phase II.
Let us consider the case of extract and raffinate phases in equilibrium, in an extractor, during the liquid-liquid extraction process. If we denote the raffinate phase as phase I and the extract phase as phase II, the equilibrium equation for any component i, can be described in fugacity terms [17] as in eq. (1): =
Taking into account fugacity definition and considering the same standard state, the equilibrium relation can be written as eq. (2) [17] :
Calculation of the activity coefficient in liquid phase i  , can be realized with different functions, but the most utilized function is the excess Gibbs free energy E g .
This function implies the interaction energies ij g between the molecular species i and j, the global compositions of component i in both phases I i x , II i x and also, the adjustable binary parameters ij  and ij G . Rewriting the eq. (2) in the terms of the F function is obtained:
ℱ 1 ( 1 , 12 , 12 , 12 ) 1 = ℱ 1 ( 1 , 12 , 12 , 12 ) 1 (4) ℱ 2 ( 2 , 21 , 21 , 21 ) 2 = ℱ 2 ( 2 , 21 , 21 , 21 ) 2
The most well-known equation of equilibrium for the calculation of the thermodynamic function Gibbs free energy is the Non-Random-Two -Liquids (NRTL) equation, which for a binary mixture can be described in the general form as in eq. (6) [26]: = 1 2 [ 21 21 1 + 2 21
The activity coefficients i  associated to liquid -liquid equilibrium of a binary mixture can be calculated using the NRTL model, based on the general equation [18] : ln = (7) Using eq. (7) to write the equations of the activity coefficients of the two components, in both liquid phases, are obtained the expressions of liquid activity coefficients, eq. (8) - (11): 12 12 ( 2 + 1 12 ) 2 ] (8) ln 2 = ( 1 ) 2 [ 12 ( 12 2 + 1 12 ) 2 + 21 21 ( 1 + 2 21 ) 2 ] (9) ln 1 = ( 2 ) 2 [ 21 ( 21 1 + 2 21 ) 2 + 12 12 ( 2 + 1 12 ) 2 ] (10) ln 2 = ( 1 ) 2 [ 12 ( 12 2 + 1 12 ) 2 + 21 21 ( 1 + 2 21 ) 2 ] (11) The parameters 12 , 12 , 21 , 21 are adjustable parameters and are calculated as functions of the binary interaction parameters 12 , 21 , 12 and the temperature T:
If the notion of distribution constant is introduced and defined as the ratio between the concentration of the component i in the extract phase (phase II) and the concentration of the same component in the raffinate phase (phase I), there is obtained:
An algorithm containing the equations specific to NRTL thermodynamic model was employed for the regression of the experimental data in the MATLAB® software. The resulting NRTL parameters are presented in Table 3 . The following procedure was applied: -the distribution coefficients K 1 and K 2 were calculated for each component as ratio between the experimental concentrations of the isooctane in the glycol rich phase, and hydrocarbon rich phase 1 K , and respectively as ratio between the experimental concentrations of the TPG in the glycol rich phase, and hydrocarbon rich phase 2 K ( eq. 17);
-the values of distribution coefficients 1 K and 2 K calculated in the previous step were fitted in the NRTL model with three binary interaction parameters using the MATLAB® implementation of equations (8) - (24); -the differences between the experimental and calculated distribution coefficients K and K i were calculated in the final step to evaluate the accuracy of the regression.
The effort of the authors was focused to define the objective function necessary to determinate the binary interaction parameters of the thermodynamic model used to calculate the liquid-liquid equilibrium. The distribution coefficient of the component 1 in both liquid phases is calculated by starting from the experimentally determined composition of the two phases:
= (17) From experimental data, for each value of temperature and using eq. (18) - (24) , there is obtained the calculated distribution coefficient . The determination of the constants b12, b21, 12 of the mathematical model of liquid-liquid equilibrium is realized by minimization of the objective function.
To be able to minimize the objective function (eq. 25) a package of MATLAB scripts was developed. The operation of the MATLAB script is based on a sequential algorithm with the following steps:
-reading input data from file; -computing the optimal solution; -calculating the statistical quantities. Since the number of results is significant, we chose to store the input data and the results in text files, in the working directory.
The reading of the input file is realized by the script ReadInput.m. The user has to introduce the filename where data is stored, then the MATLAB® engine reads the file contents and store it in vector type variables. The input file should have three space-separated columns corresponding to variables: temperature, T, molar fraction of isooctane in solvent rich phase (extract), 1 , molar fraction of isooctane in hydrocarbon rich phase (raffinate), 1 , as it can be observed in the Input.txt file from Supplementary material.
After reading the input data the algorithm identifies the optimal value of the binary interaction parameters, by using fminsearch function of MATLAB®. fminsearch is a specific function of MATLAB programming language that is designed to find the minimum of a scalar function of several variables, implementing unconstrained nonlinear optimization [27] . Basically, this function implements the simplex search method presented by Lagarias and collaborators [28] .
The optimal values determined by using the developed MATLAB program are presented in Table 3 . The value of the objective function in the optimal point is 1.46 × 10 −5 . The last step of the proposed algorithm consists in evaluating its performance by comparing computed values and experimental data. We analyzed the performance by using statistical data, respectively the values of the distribution coefficient calculated with the experimental compositions -, and the distribution coefficient calculated with the compositions estimated with the thermodynamic model -, as presented in Table 4 . For this reason, we built another MATLAB script filefktest.mthat implements the function fktest. It receives as input the optimal values and calculates the distributions coefficients and the deviations, which are saved in a results file.
According to these results, the mean value of the deviation between experimental data and the estimated data based on the optimal solution is 0.29%, and the maximum deviation is 1.36%. These values of the absolute deviation validate the use of the optimization algorithm and the determined optimal solution. The standard deviation is calculated for all values displayed in Table 4 by using eq. (26) and the obtained value is: = 0.000239:
From Table 4 it can be observed that the calculated and the experimental values of the distribution coefficient are very close, fact demonstrated by the errors with values lower than 1%. Also, the standard deviations for the two types of coefficients are small, proving the coherence of the obtained results.
The used optimization algorithm requires the defining of an initial solution. In this context we studied the dependence of the optimal solution versus initial solution. Thereby, the values of the initial solution were varied as presented in Table 5 . An output file containing more than 300 values was generated and the optimal solution was the same. These results confirm once again the consistency of the utilized optimization algorithm. 
Results and discussions Data correlation
Simultation of the liquid-liquid equilibria at the experimental temperatures specified in Table 2 were realized by using PRO/II simulation software. In order to verify the consistency of the binary parameters of NRTL model obtained through regression of the experimental data, the liquid-liquid equilibrium calculations were realized.
A flash fed with various mixtures was simulated at the experimental temperatures in PRO/II. The flash configuration is displayed in Fig. 4 . Modelling of liquid-liquid equilibrium was realized using eight thermodynamic models available in the databank of the software, as specified in Table 8 . The 9 th model, the NRTL model uses the binary interaction parameters b12, b21 and 12, that are determined by optimization of the objective function described by the eq. (25) and which are displayed in Table 3 .
In Figure 4 the liquid phase named Raffinate refers at the 2,2,4-trimethyl pentane rich phase, while the liquid phase named Extract refers to the TPG rich phase.
The results of the liquid-liquid calculations in PRO/II with UNIFAC and NRTL model completed with binary interaction parameters resulted from regression are displayed in Table 6 and Table 7 . The numerical results of mean of the relative deviation for all the thermodynamic models considered are displayed in Table 8 . The composition of the extract phase, calculated with the existing thermodynamic models (from the software library), has a maximum mean deviation of 87.76% versus the experimental data. The composition of the same phase, calculated using the NRTL model completed with the determined binary interaction through the regression of the experimental data, has a mean deviation of 17.02% versus the same experimental data. As consequence, we can assert that the NRTL model completed with the binary interaction parameters determined from regression fits better the experimental data than the other thermodynamic models displayed in Table 8 .
Tripropylene glycol solvency properties estimation
Further, the solvency properties of the TPG -capacity and selectivity -were calculated. In order to do this, a mixture of paraffinic and aromatic hydrocarbons containing 8 atoms of carbon (isooctane, ethylbenzene, o-, m-and p-xylene) was considered to be extracted with tripropylene glycol. The simulation software PRO/II was utilized to calculate the liquidliquid extraction process. The thermodynamic model NRTL was completed with the binary interaction parameters specific to the binary 2,2,4-trimethyl pentane + TPG previously determined. The binary interaction parameters for the aromatics compound remained set to default (zero), as the aromatic compounds are completely miscible with TPG, as it was concluded by Fendu [14] . The single stage extraction process was calculated using a flash fed with a stream containing the mixture of hydrocarbons, and which has two products streams: Extract and Raffinate. The solvent mass ratio was varied from 1:1 to 2,5:1 and the extraction temperature was varied from 293.15K to 313.15K. The composition of the hydrocarbon mixture which feeds the flash and the operation conditions of the flash are displayed Table 9 . The solvation capacity of TPG (expressed as distribution coefficient ) and selectivity -were calculated based on the results of the single stage extraction simulations. The distribution coefficient was calculated with eq. (27) and (28) and the compositions of the Extract and Raffinate phases, while the selectivity was calculated with eq. (29). = , , (27) Where:
, -the concentration of non-aromatics hydrocarbons in the Extract phase; , -the concentration of non-aromatics hydrocarbons in the Raffinate phase.
Where:
, -the concentration of aromatics hydrocarbons in the Extract phase; , -the concentration of non-aromatics hydrocarbons in the Raffinate phase.
The results of the solvent properties calculations were plotted. The capacity of the TPG solvent for isooctane is displayed in Fig. 5 , while the capacity of the solvent for the aromatics is displayed in Fig. 6 and Fig. 7 . Fig. 5 The variation of the capacity of TPG for isooctane with temperature, at different solvent ratio (mass): □solvent ratio 1:1; ○solvent ratio 1.5:1 ;◇-solvent ratio 2:1; ▽solvent ratio 2.5:1. Fig. 6 The variation of the capacity of TPG for ethylbenzene, ℎ with temperature, at different solvent ratio: ■-solvent ratio 1:1; •solvent ratio 1.5:1;▲solvent ratio 2:1; ▼solvent ratio 2.5:1.
The solvation capacity of TPG is increasing with the temperature increasing in the extractor and with the solvent ratio as it can be observed in Figure, 5 , Figure 6 anf Figure 7 . Also, it can be seen that the capacity of TPG for isooctane is lower than capacity of TPG for ethylbenzene and xylenes.
The selectivity of TPG for aromatics hydrocarbons ethylbenzene and xylenes (o-, m-, p-) in presence of the isoparaffinic hydrocarbon 2,2,4-trimethylpentane is calculated at different temperatures and solvent ratio. The results are plotted and are displayed in Fig. 8 and Fig. 9 .
The selectivity of TPG for aromatics is increasing with the solvent ratio, but it is decreasing with the temperature rising. The TPG selectivity for ethylbenzene is higher than the selectivity of TPG for xylenes as can be seen in Fig. 8 and Fig. 9 .
Comparing the values obtained for these properties of TPG with those obtained for DPG by Nicolae [13] , we can conclude that TPG has a higher capacity than DPG, but its selectivity is significantly lower than the DPG selectivity for aromatics with 8 atoms of carbon.
Conclusions
The liquid-liquid equilibrium data for the binary mixture 2,2,4-trimethyl pentane + tripropylene glycol was determined using the cloud point method, at atmospheric pressure and temperatures between 293 K and 353 K. Fig. 7 The variation of the capacity of TPG for Xylenes, with temperature, at different solvent ratio (mass): ◨solvent ratio 1:1; ◧solvent ratio 1.5:1; ◒solvent ratio 2:1; ◓solvent ratio 2.5:1. Fig. 8 The variation of the selectivity β ℎ / of TPG for ethylbenzene in the presence of isooctane with temperature, at different solvent ratio (mass): □-solvent ratio 1:1; ○solvent ratio 1.5:1; △solvent ratio 2:1; ▽solvent ratio 2.5:1. Fig. 9 The variation of the selectivity β / of TPG for xylenes in the presence of isooctane with temperature, at different solvent ratio (mass): ■-solvent ratio 1:1; •solvent ratio 1.5:1; ▲solvent ratio 2:1; ▼solvent ratio 2.5:1.
The experimental equilibrium data were regressed using the mathematical model of the NRTL thermodynamic model and MATLAB software. An optimization function was used to determine the values of the binary interaction parameters of the NRTL model, specific to the binary mixture TPG + 2,2,4-trimethyl pentane. The consistency of the regression results was verified by comparing the liquid-liquid equilibrium calculations results with the experimental data. This step was performed not only for the NRTL model completed with the binary interaction parameters obtained from regression, but for other eight thermodynamic models widely used for the prediction and calculation of the liquid-liquid equilibrium. The results of the liquid-liquid equilibrium calculation (performed in PRO/II software) in terms of the mean of the relative errors of the 2,2,4-trimethyl pentane concentration in the mixture, showed a minimum for the thermodynamic model NRTL completed with the binary interaction parameters obtained from regression, compared with the results obtained with the other thermodynamic models considered.
The solvency properties (capacity and selectivity) were calculated for TPG. The calculations were achieved considering the extraction of aromatics hydrocarbons using as solvent TPG, from a mixture containing isooctane, ethylbenzene, o-xylene, m-xylene and p-xylene and was concluded that TPG has a greater solvation capacity than DPG.
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List of symbols
-binary interaction parameters of the NRTL model -adjustable parameter which depends on the interaction energy between molecules of component i and component j.
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